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Introduction
Conventional steam reforming (C-SR) has been the leading technology for H 2 production [1e3] for the past 70 years [4] . C-SR consists as a minimum of two basic steps of steam reforming (SR) and water gas shift (WGS), followed by a final separation stage. In the endothermic reforming stage, syngas, a mixture of CO, CO 2 , H 2 O, H 2 , is generated at temperature between 800 and 950 C and medium pressure of around 20e35 atm, usually in the presence of a nickel oxide catalyst, activated to Ni by chemical reduction in a one-off pre-treatment [5, 6] , by reacting high-temperature steam and hydrocarbon volatile or gaseous feedstock (usually methane or natural gas, but also naphtha). WGS, which reacts the CO in the syngas with steam to produce additional H 2 with CO 2 as co-product is mildly exothermic, and thus is operated separately at a lower temperature between 200 and 400 C [7e9]
though does not achieve full conversion due to a strong equilibrium effect. The total energy demand of the process is overall endothermic, necessitating an external source of energy [10] ; normally the unreacted fraction of fuel caused by the high pressure in the reformers is burned in a furnace which houses the reformer reactors to provide the energy, and topup from the fuel feedstock might even be necessary to meet the reformers' heat demand. The separation process marks the final stage of the process. Unreacted CH 4 , CO, H 2 O, and product CO 2 from the syngas leaving the WGS reactor is separated from the H 2 at this stage. A number techniques are available and can be used to perform the separation process, most commonly pressure swing absorption (PSA), but also membranes, cryogenics [11, 12] are the most commonly used separation techniques. Chemical absorption for example CO 2 scrubbing using methyldiethanolamine (MDEA), activated methyldiethanolamine (aMDEA) are also used for separation but purity of H 2 is less than with PSA, membrane or cryogenics [13] . Detailed overview on membrane separation and chemical absorption can be found in Adhikari and Fernando [14] and Yildirim et al. [13] respectively. Despite having reached technological maturity, steam reforming is one of the most energy consuming processes in hydrocarbon processing and ammonia production via its heating requirement, with other drawbacks such as emission of greenhouse gases and other air pollutants and high operational and maintenance costs [10, 15, 16] . Globally, researchers are focusing on finding alternative energy efficient technologies that can mitigate the economic and environmental impacts of the forecasted large increases in hydrogen demand [17] . One of such alternative is the chemical looping steam reforming (CL-SR) technology. The latter combines chemical looping combustion (CLC) and steam reforming to minimise the energy expenditure from the C-SR process. A metal oxide is used as an intermediate to transport oxygen from air to fuel in order to provide heat of oxidation to the endothermic H 2 production process. If a suitable metal oxide is used as the oxygen carrier, the CLC system on its own can be operated in such a way that the exhaust gas consists of CO 2 and H 2 O only, and allows for subsequent water condensation, compression and storage of CO 2 , evading the costly gas separation steps [18, 19] of post combustion capture. When combined with steam reforming, the OC can be chosen for its catalytic activity in the steam reforming reactions (SR and WGS), thus allowing the production of a reformate undiluted with N 2 despite having used air as the oxidant, drastically reducing the demand in external heating and separation burdens. Therefore, CLC is one of the most energy efficient approaches to carbon capture from power production or fuel upgrading [20, 21] .
The large scale application of CLC and CL-SR is still dependent upon the obtainability of suitable OC(s). A suitable OC should have some certain basic characteristics such ability to undergo multiple reduction and oxidation cycles, high mechanical strength and oxygen transport capacity and should be eco-friendly [17, 22] [23, 24] . However, nickel-based oxides have been proved as one of the most promising and utilised OC in CL-SR processes because of their high reactivity and selectivity, negligible volatility and thermal steadiness which are favourable factors for elevated temperature and high gas turbine CLC [17, 24] . Nickel-based oxides are also regarded as first good choice for hydrogen production [22] .
As first step in the packed bed configuration, the CL-SR process gas is fed into the reactor loaded with catalytically active OC where both reduction of oxygen carrier (OC) also termed oxygen transfer material (OTM) in the literature-and steam reforming occur semi-simultaneously, generating H 2 rich syngas. A fraction of the feedstock is expected to be used as reductant in the metal oxide reduction to produce H 2 O and CO 2 but the remainder would then reform to pure CO 2 and H 2 [25] by the catalytically active reduced metal. The second step involves oxidation of the OC back to its initial state under air feed, producing a separate N 2 effluent. Thus, the major differences between the C-SR process and CL-SR process is the reduction of the OC/catalyst by the hydrocarbon feedstock and the oxidation reaction that marks the end of each cycle. Due to H 2 and CO or CO 2 being the desired products of CL-SR as opposed to heat, this requires keeping the air to fuel ratio low to avoid the fuel from been oxidised completely to H 2 O and CO 2 [26] . A detailed description of CL-SR with a schematic illustrating the potential benefits of the process compared to the conventional C-SR process when using unconventional gas as feedstock can be found in our previous study [17] and Luo et al. [24] .
Diverse feedstocks such as liquids by-products of biomass [27] , natural gas, naphtha and coal are presently utilised and studied for the steam reforming process. However, 90% of the H 2 produced globally originates from steam reforming of fossil fuels [28e30]; with natural gas dominating the net H 2 production [31, 32] . This is not surprising owing to the favourable hydrogen-to-carbon ratio of natural gas. In addition, the new found abundance of unconventional natural gas that is readily available and can be supplied at a viable cost, showed natural gas will continue to be a very important energy mix [33, 34] . The vast quantity of the gas that was earlier inaccessible worldwide reserves is presently accessible with the newly developed technologies as well [34e36] . The present boom in shale gas (a form of natural gas found trapped within shale formation) production [37] in the world also foresees that gas will remain the main feedstock of steam reforming in near term [17] . However, all of the studies on C-SR and CL-SR processes focussed pure methane as fuel [38e43], for CL-SR process low steam to carbon ratios were focused on [44e46] and additionally most of the previous studies such as [45,47e49] used fluidised bed reactor (Air and fuel reactor separate) for the CL-SR process.
In the present study, a detailed experimental analysis of H 2 production from shale gas containing C2 and C3 species including inert N 2 gas using C-SR and CL-SR process in a packed bed reactor was conducted at steam to carbon ratio of 3. The activity of Ni based catalyst on Al 2 O 3 and CaO/Al 2 O 3 support performing the dual action of catalyst and OC on shale gas feedstock was investigated. The aim of the study was to show the feasibility of shale gas as feedstock of steam reforming processes, as well as demonstrating the catalytic, reduction behaviour and cyclic stability of the materials in question (NiO on Al 2 O 3 and CaO/Al 2 O 3 support) for shale gas CL-SR.
Materials and methodology

Experimental materials
The model shale gas mixture used for the experimental was reproduced from cylinders of different hydrocarbons. Pure CH 4 gas used for the experiments was obtained through the laboratory piping (cylinder of CP grade 99.9%), while a mixture of 50% C 2 H 6 and C 3 H 8 in an AZ size cylinder (1.2 L water capacity) containing 50% inert N 2 gas (for safety reasons and
ease of elemental balance) was synthesised and obtained from BOC to reproduce a mixture gas feed in the experimental set up of 40.1% C 2 H 6 , 9.9% C 3 H 8 and 50% N 2 . The desired molar composition (Table 1) was calculated based on the mole fraction of the species and a given total volumetric flow rate, selected according to desired gas hourly space velocity (GHSV). A nitrogen gas to carbon ratio (N:C) of 9.2 (N 2 obtained through the laboratory piping) was maintained in all the experiments to aid in the calculation of process outputs. The model shale gas presented in Table 1 corresponds to a typical composition of natural gas, containing approximately up to 80% of methane with the balance consisting of the higher hydrocarbons (>C1), CO 2 and inert N 2 gas [50] , representing a mixture richer in ethane and propane than conventional gas. This composition can also be representative of typical composition of natural gases from Nigeria [51] and the North Sea UK [52] , by containing up to 80% methane [52] . The gas is an actual shale gas composition from the United States; extracted from a Marcellus shale, which lies in western Pennsylvania, Ohio and West Virginia [53] .
Nickel Table 3 .
Experimental rig description
The experimental rig schematic shown in Fig. 1 is integrated with a down flow quartz reactor (manufactured by York Glass Ltd), with an inner diameter of 12 mm and the length of 495 mm, held inside an electric tube furnace (Elite Thermal Systems Ltd. TSV12/50/300), where insulating mineral wool of about 2e3 mm thickness was placed between the quartz reactor and the furnace's bore. The quartz reactor was used in a packed bed configuration, i.e. it housed the steam reforming catalyst doubling as OC as a fixed bed of particles. The temperature of the reactor was monitored in real time online using Picolog software by K-type thermocouple as shown in the schematic. A programmable syringe pump (New Era pump system) controlled the flow rate of water to the reactor. The syringe pump was connected to the reactor through an injector system. The gas flows of H 2 (used for reduction of the catalyst), N 2 (inert gas), air (oxidant in chemical looping runs), and fuel feed (shale gas C 2 /C 3 /N 2 mixture, and CH 4 ) were controlled by four separate MKS mass flow controllers. The latter regulate flow rates according to given set points via the control valves. A coolant (mix of ethylene glycol and water in the volume of 1:1) at À6 C was circulated between the condenser and a chiller (Fisher Scientific 3016S) to maintain the condenser at a low temperature (À6 C). The condenser cooled the hot product gases leaving the reactor and moisture was trapped by silica gel before going to the micro-gas chromatograph (micro GC) for analysis. The presence of nitrogen gas in the feed aided calculation of parameters such as gas products yield and feedstock conversion using elemental balances.
Experimental procedure
All units of experimental rig were thoroughly cleaned with acetone before each experimental run. The catalyst was crushed using pestle and mortar and sieved to 1.2 mm mean size using 1.4 and 1.00 mm mesh. The particle size of the catalyst was chosen in the knowledge that diffusion as well as kinetic rate limitation were likely, as would be expected of a larger scale set up but that pressure drop would be limited. This was motivated by simulating conditions close to those used in the steam reforming industrial plants, and not with the aim of deriving kinetics which would have required much smaller particle size. 3 g of catalyst was loaded into the reactor (random packing) before setting up the experimental rig as shown in the schematic. The furnace was set to the desired experiment temperature e.g. 600 C. Each C-SR experiment consisted of 2 major stages; reduction of catalyst and steam reforming process. In the first cycle of CL-SR, and in C-SR, reduction of the catalyst from NiO to active Ni was preceded using 5 vol % hydrogen in nitrogen carrier gas. The nitrogen 
and hydrogen flow rate were 200 and 10 cm 3 min À1 (STP)
respectively. Reduction resulted in micro GC H 2 vol% reading which remained at zero, and then returned to 5 vol % after about 45 min approximately, indicating that the catalyst had completed its reduction step. Hydrogen flow was then stopped leaving only the nitrogen feed until the hydrogen reading reached 0% again, having flushed out all the reducing H 2 in the reactor. This was followed by the steam reforming process, which started by feeding water and fuel (shale gas) to the reactor using the programmable syringe and MKS flow controllers respectively. Steam and fuel were fed into the reactor at the desired molar steam to carbon ratio. Experiments lasted for at least 1e2 h and ended by turning off the water and fuel flows first, then the furnace, thus leaving only nitrogen flow to completely flush the reformate gases out and aid in cooling down the reactor. Once the furnace temperature dropped i n t e r n a t i o n a l j o u r n a l o f h y d r o g e n e n e r g y x x x ( 2 0 1 8 ) down to 25 C, the chiller was turned off and the rig was ready to be dismantled and set for the next experiment. Experimental results were collected online from a laboratory computer. For chemical looping steam reforming experiments, the oxidation reaction (using air feed) marked the end of each cycle. Cycle 1 began from a H 2 reduced catalyst OC, but subsequent cycles followed from an air feed and auto-reduction by the fuel itself took place. Re-oxidising the catalyst also burned off carbon that might be deposited on the catalyst. An air flow of 500 cm 3 min À1 STP and 750 C was used. As mentioned earlier, the oxidation stage marked the end of each cycle. The recorded temperature during air feed was seen to increase by roughly 10e15 C owing to the oxidation reactions of the carbon residue and re-oxidation of the nickel-based catalyst. The reduction stage lasted 3e5 min, whereas the steam reforming stage lasted a minimum of 1 h in each cycle.
Definition of process outputs
A nitrogen balance was used to facilitate the calculation of the total gas moles produced for the initial mixture chosen (' _ n out;dry ') and derive gas products yields and reactants conversions 'X i ' and selectivity of carbon to either CH 4 or other carbon containing gas species 'S C to CH4 or CO or CO2 etc:' as shown in Eqs. (1)e (6) . Presentation and definition of process outputs was based on the following:
where _ n N 2 stands for molar flow rate of nitrogen, y N 2 is mole fraction of N 2 obtained from the gas chromatography, and 'in' for initial or input. Thus, the molar rate of any product gas 'i' can be calculated as follows;
where ' _ n' stand for molar flow rate and 'y i ' for mole fraction obtained from the gas chromatography. A carbon balance was used to calculate the fuel conversion X gas to the main carbon containing products according to the following equation;
T nC,in is the molar rate of total number of initial carbon in the fuel. It can also be written as;
Note that despite monitoring the C 2 H 6 and C 3 H 8 leaving the reactor by micro-GC, neither were detected during the course of the experiments, leaving CH 4 as the only hydrocarbon product.
H 2 yield was defined as shown in Eq. (4) and H 2 purity was defined using Eq. (5).
MW gas g of gas mol of gas Â _ n gas in
where _ n H2 stand for molar flow rate of H 2 out, _ n gas in molar flow rate of gas in and MWgas stand for molecular weight of gas in grams
Steam conversion fraction during the fuel/steam/N 2 feed; when steam reforming is coupled with water gas shift, the production of hydrogen is the result of the contributions of the fuelehydrogen and of the steam-hydrogen. Generally, for a 'C n H m ' fuel reacting with (2n) H 2 O via steam reforming and the water gas shift reactions, the maximum production of H 2 is (2n þ 0.5 m), indicating clearly that in conditions of maximum H 2 production, the steam contribution fraction is (2n)/(2n þ 0.5 m) and that of the fuel, 0.5 m/(2n þ 0.5 m). For the shale gas used for the experimental studies (containing CH 4 C 2 H 6 , and C 3 H 8 ), the steam contribution can therefore account for 52.6% of the H 2 produced through SR and WGS, while that of the fuel is 47.4%. Thus steam conversions, which are hardly reported in literature, have a great effect on the H 2 yield of the steam reforming process. Factors limiting the steam conversion are not only equilibrium limitations, but also the catalyst's activity in both the steam reforming and the water gas shift reactions. Using hydrogen elemental balance, a minimum value for the steam conversion fraction can be estimated using Eq. (6):
where m is the moles of atomic H in the fuel. The first, positive term in Eq. (6) represents the formation of the hydrogen containing products and the second negative term accounts for the known contribution of the fuel to the hydrogen products, leaving only the contribution of water to the system. 
Characterization
PANalytical X'pert MPD instrument using Cu Ka radiation was used to obtain the X-ray diffraction (XRD) patterns of unreacted and reacted catalysts. X'Pert HighScore Plus software was used for phase analysis of the XRD data. (Table 3) was calculated using the Rietveld refinement method and the Scherrer equation respectively. Field-emission scanning electron microscope (FESEM, LEO Gemini 1530) was used to study surface morphology of the unreacted and reacted catalyst/OC. The sample particles were coated with an Iridium layer of 10 nm and used for FESEM imaging. Energy dispersive X-rays (EDX) was used for further analyses such as element identification of the fresh and used/ reacted catalyst/OC.
CHNS Elemental Analyser (Flash EA2000 by CE Instruments) was used to measure the quantity of carbon deposited on the reacted catalyst/OC. The catalyst/OC were ground to fine powder before the CHNS measurements. 8 mg (approximately) of each sample was used for each analysis.
In order to know the actual carbon (total organic and inorganic carbon) generated during experiments, carbon content in the condensate (collected at the bottom of the reactor, see rig schematic in Fig. 1 ) was measured using a Hach-Lange IL550 analyser.
Chemical equilibrium calculations
Minimisation of Gibbs free energy was used to conduct the chemical equilibrium studies. The CEA (Chemical Equilibrium and Applications) software by NASA [54] was used to perform the thermodynamic equilibrium calculations. All the gaseous reactants (CH 4 , C 2 H 6 , C 3 H 8 , N 2 , CO 2 and H 2 O) and potential products (H 2 , CO, C (S) , and NH 3 etc.) were considered at equilibrium. Other related species such as CH 2 , CH 3 , and CH 2 OH etc. were also included in the equilibrium calculations but their molar fractions were less than 5 Â 10
À6
, therefore considered negligible. A carbon balance was used to facilitate the calculation of the equilibrium total moles produced for the initial mixture chosen and derive products yields and reactants conversions. The authors applied their own post processing procedures allowing the calculations of reactants conversions and molar yields of products, full details of thermodynamic and post processing procedures can be found in Ref. [17] .
Results and discussion
Conventional steam reforming (C-SR) of shale gas experiments
Effect of gas hourly space velocity (GHSV) on C-SR process
The effect of gas hourly space velocity (GHSV) was investigated at 1 bar, S:C ratio of 3 and 650 C using the steam reforming catalyst 18 wt. % NiO on a-Al 2 O 3 support as shown in Fig. 2 . GHSV is defined as the total volumetric flow rate of feedstock (gas þ steam þ N 2 ) divided by the volume of catalyst. It was found that GHSV significantly affects fuel and water conversion and subsequently H 2 yield and purity as well. As expected, the fuel (shale gas) conversion increases as the GHSV decreases (from 1.393, 1.094, 0.793 to 0.498), while all other parameters are kept constant. Consequently, the lowest GHSV (0.498) with the highest contact time was chosen as the best for the range of conditions investigated and used for all the subsequent experiments. Maximum fuel conversion i.e 100% was not achieved even at the highest contact time (GHSV 0.498 h
À1
). Comparison of the experimental results with the equilibrium results showed that the experimental results are away from equilibrium which could be attributed to mass transfer and kinetic limitations causing low fuel and water conversion and subsequently low H 2 yield and purity. Table 1 in the supplementary data presents a comparison between the experimental (average values) and equilibrium data. Previous studies on the effect of GHSV on steam reforming process such as Cavallaro et al. [55] , Xu et al. [56] , Jiwanuruk et al. [57] and Abbas et al. [41] also found that increasing the GHSV resulted in a decrease in fuel conversion, which in turn affected both the H 2 yield and purity negatively depending on the extent of increase.
Effect of catalyst support on C-SR process
The performance of each catalyst (provided by the manufacturer TST LTd as 18 wt. % NiO on a-Al 2 O 3 support and 15 wt. % NiO on CaO/Al 2 O 3 support) was investigated over a range of temperature (600e750 C). Both catalysts were reduced with 5% H 2 (balance N 2 ) at 700 C for an hour to convert the NiO to active Ni. No significant difference was found between the two catalyst at low/medium temperature range (600 and 650 C).
However, at higher temperature (700 and 750 C), the Ni on CaO/Al 2 O 3 support performed better/was more active than the Ni on Al 2 O 3 support with regards to product yield and feed conversion as depicted in Fig. 3 . 36% rise in H 2 yield and 8% rise in H 2 purity was seen between the two catalyst average outputs at 750 C under same operating condition (1 bar, S:C 3 and GHSV 0.498). This was expected because the presence of CaO in the catalyst will decrease its acidity (from Al 2 O 3 support) [58] , consequently decreasing the chances of solid carbon deposition on the catalyst that tends to occur at higher temperatures. Thus, effectively increasing the feed conversion (fuel and H 2 O conversion), which in turn positively enhance the H 2 yield and purity. Previous studies by Basagiannis and Verykios [58] on steam reforming of acetic acid has proved that the acidity of alumina support favours solid carbon decomposition in a significant amount. Van Beurden [59] also reported acidic support enhance cracking of CH 4 , therefore generating carbon. As a result, feed conversion and product yield are affected negatively to a large extent.
Effect of temperature on C-SR process
C-SR process experiments were conducted isothermally using shale gas as feedstock (see Table 1 for composition) in a packed/fixed bed reactor at atmospheric pressure. The effect of temperature was investigated at 1 bar, S:C ratio of 3 and the temperature range of 600e750 C. The choice of S:C ratio of 3 was due to the fact that is the condition of excess steam typically used in industrial steam methane reforming, aimed at H 2 production rather than syngas generation. The condition was also found to be optimum from our previous thermodynamic studies [17] . Fuel and H 2 O conversion, H 2 yield and purity increased as temperature increased. This was because high temperatures are in favour of the strong endothermic steam reforming reaction in accordance with Le Chatelier's principle (Fig. 3) . As the temperature of the reforming process increases, CH 4 outlet moles decreases indicating increase in fuel conversion consequently increasing the outlet moles of H 2 . The C 2 H 6 and C 3 H 8 species in the fuel were completely reformed to syngas and/or cracked to CH 4 as confirmed by the continued absence of these species in the outlet product gases. The endothermic steam reforming of CH 4 was enhanced by an increased temperature to the detriment of methanation reaction that is favoured in the low/medium temperature range.
Comparison of the experimental results with the thermodynamic equilibrium results show the same trend with respect to temperature. However, the experimental process outputs were far from the thermodynamic equilibrium results. Thus, the chemical equilibrium results demonstrated higher fuel and water conversion and consequently higher H 2 yield and purity. Reaction kinetics (reaction rate of methane on a conventional nickel on alumina support depend on the partial pressure of methane [59] ) and thermodynamic equilibrium limitation (depicted in Fig. 3) can explain the findings. It can be concluded that water gas shift reaction (WGS) was poorly active in all the temperature range investigated (during the experimental studies) particularly at 700 and 750 C owing to the medium/high concentration of CO outlet moles (Fig. 4) depending on the temperature. Again, the outlet moles of the chemical equilibrium results showed exactly same trend as the experimental results except that the WGS reaction was more active in the chemical equilibrium system compared to the experiments. The inhibition of the exothermic WGS reaction no doubt could be attributed to the unfavourably high temperature. However, at 600 and 650 C (with 15 wt. % NiO on CaO/Al 2 O 3 support) the outlet moles of CO 2 were higher than those of CO (see Fig. 4 (b) for clarity), this results from the fact that the low/ medium temperature range favours the reaction even though it is not the optimum/desirable temperature for the WGS reaction. The contribution of CH 4 (from the feedstock and that from the cracking of C2-C3 species) steam reforming to generate H 2 compensated the diminution in H 2 production caused by the inhibition of WGS reaction. Generally speaking, the suppression of two exothermic reactions (WGS and Boudouard reactions) by high temperatures causes the increase in the CO concentration and a decrease in the CO 2 concentration as shown in Fig. 4 . Fig. 5 shows the plots of process outputs with time on stream at 750 C. Fuel and H 2 O conversion, H 2 yield and purity are fairly stable over the duration of (all) the experiments. Molar production rate of H 2 , CH 4 and CO were also stable. H 2 production using methane and natural gas steam reforming in a conventional and microreactor reaction systems was investigated by Izquierdo et al. [60] with Ni based catAlyst supported on MgO and Al 2 O 3 and Pd and Pt based catalyst supported on Al 2 O 3 . They investigated the influence of temperature and S:C ratio, at atmospheric pressure and constant GHSV, on the catalytic activity and concluded that increasing the temperature improved fuel conversion but did not improve considerably at higher S:C ratios. The influences of temperature on C-SR reported is in good agreement with those of the present study. Abbas et al. [41] conducted a kinetics study and modelling of steam methane reforming process over a NiO/Al 2 O 3 catalyst in an adiabatic packed bed reactor. They found that higher temperature had a positive effect on H 2 yield and purity and concluded that high temperature, low pressure and high steam to carbon ratio are the optimal operating conditions with regards to fuel conversion and H 2 purity, which are in good agreement with the present study and equilibrium predictions.
Chemical looping steam reforming (CL-SR) process of shale gas
Effect of chemical looping on steam reforming process
Reduction-oxidation multicycles were conducted in a fixed bed reactor with NiO based oxygen carrier (OC) performing the dual action of both the OC and reforming catalyst. 3 g of the OC/catalyst was placed in the quartz reactor.
The CL-SR process experiments were conducted at 1 bar, S:C 3 and GHSV of 0.498 at 750 C (with NiO on CaO/Al 2 O 3 support). 20 reduction-oxidation cycles were performed for the investigated temperature/catalyst/OC. Simultaneous reforming and reduction of catalysts/OC with the fuel was possible at the reaction temperature, as further confirmed by good selectivity towards the desired products (H 2 and CO 2 ). This shows that the use of shale gas or gas with higher composition of C2 and C3 species as a feedstock for the CL-SR process is feasible. The molar production rate of H 2 was higher than that of the other gaseous products CO, CO 2 , and CH 4 as depicted in Fig. 6 . The molar production rates of CO and CO 2 were fairly stable (from the first to the 8th where a sudden decrease was observed in the 9th cycle that fairly stabilizes too to the last cycle.) and dependent on the fuel and water conversion rate. The latter is because steam is a reactant in the WGS reaction that produces CO 2 . The molar output rate of CH 4 was lower than those of CO and CO 2 in the first 8 cycles. However, the output rate increased gradually from the 9th cycle, stabilizing and merging with the production rate of CO at approximately the 11th to the last cycle (20th). In Fig. 6 after the 8th cycle the production rate of CO was constant due to less active WGS reaction causing the decrease of CO 2 output. On the other hand, the production rate of CH 4 was high no doubt due to low fuel conversion. The observe phenomenon in general could result from the fact that the activity of the catalyst/OC was decreasing with increasing number of cycles. As further confirmed by the decrease in fuel conversion in the cycles. Solid carbon deposition on the surface of the catalyst/OC might also be the reason of the low activity and subsequently low fuel conversion [61] . Fuel and water conversion, H 2 yield and purity increased in the CL-SR process as shown in Table 2 (prior to the catalyst/OC deactivation) compared to the C-SR process; even though part of the fuel was used for the reduction process (co products CO and H 2 or CO 2 and H 2 O). Table 2 in the supplementary data presents the percentage enhancement of CL-SR process with C-SR process at 750 C.
The process outputs (yield, purity and conversion for the first 8 cycles and then from 9th to the 20th cycle) were moderately stable with a negligible variation depending on the fuel and water conversion (high or low) as presented in Table 2 . Feedstock and water conversion, H 2 yield and purity increased gradually with increase in number of cycles to the 9th cycle, where a gentle dwindling with the cycles was seen that became steady at approximately the 11th cycle to the end. Surprisingly, the decrease in the process outputs was lower than the C-SR process. The decrease in process outputs might have resulted from the activity of the catalyst/OC decreasing with time, solid carbon formation on the surface of the catalyst/OC and Ni active site blockage. The gradual increase in H 2 yield and purity and fuel and water conversion after the 2nd cycle might not only be attributed to the initial good performance of the catalyst/OC but also to the fact that Ni activity increases after first contact with fuel [26] . The first cycle process outputs were exactly the same as the C-SR process further validating the reproducibility of the condition. The sudden drop at the 9th cycle rather than in a gradual decreasing mode could be attributed to a number of factors as well such as sudden drop in the activity of the catalyst/OC, carbon deposit accumulation over the period of the first 8 cycles or even sudden blockage of Ni active site.
Oxidation of the catalyst/OC at 750 C to return it back to its original form (NiO) as well as to burn off any carbon deposits on the surface of the catalyst/OC with air depict an increase in the oxidation temperature (10e15 C roughly) as expected owing to the exothermicity of the reaction. The burning off of the solid carbon (coke) deposition during the air feed was coincidental with CO 2 and CO generation. Full details and discussion of the reduction and oxidation reaction process are not available owing to the fact that the micro GC takes readings every 3 min, thus the most significant part of these rapid processes were missed. The experimental results were found to be away from the chemical equilibrium results as depicted in Table 2 . Catalyst selectivity [62] , reaction kinetics and mass transfer limitation might contribute to the observed phenomenon.
It is difficult to compare the results of the present studies with previous research work directly because most of the studies in CL-SR used low steam to carbon ratios [44e46,63] or focused on pure methane as a feedstock [40] . Antzara et al. [40] support demonstrated a high initial activity, but also high deactivation, leading to methane conversion of 59% at the end 
of the test. The high initial activity of catalyst/OC (NiO/Al 2 O 3 support) and high deactivation towards the end of the test is in good agreement to those reported in the present study.
Cyclic stability of output during CL-SR process
To investigate the OC stability/lifetime, 20 reduction cycles were conducted at 750 C using NiO on CaO/Al 2 O 3 support as catalyst/OC. Table 2 depicts the process outputs of 20 reduction cycles. Even though the sudden decrease in the activity of the catalyst/OC could be attributed to the high temperature used that promotes solid carbon deposition, the sudden drop of the activity of the catalyst/OC at the 9th cycle is seen as too early. This is because the air feed step (oxidation of the Ni to NiO) is accompanied by burning off of the solid carbon deposit on the surface of the catalyst/OC. Nonetheless, the observed phenomenon could be attributed to significant coke deposition accumulated over the range of the cycles [64, 65] or even extensive sintering of the Ni particles on the surface of the catalyst/OC [40, 66] . To evaluate the mentioned possibilities, characterization of the catalyst/OC before and after the 20 reduction-oxidation cycles was performed and discussed in the next section. Fig. 7 (a and b) shows the plots of process outputs with time on stream of the 8th cycle at 750 C using 15 wt. % NiO on CaO/ Al 2 O 3 support catalyst/OC. Fuel and H 2 O conversion and H 2 yield and purity were stable over the duration of the experiments. Molar production rate of H 2 , CH 4 and CO were also stable with insignificant differences over time. i n t e r n a t i o n a l j o u r n a l o f h y d r o g e n e n e r g y x x x ( 2 0 1 8 ) Catalyst/Oxygen carrier (OC) characterization XRD analysis was performed on NiO/CaO/Al 2 O 3 but crystallinity degree of the sample is low due to large amorphous content as shown in Fig. 8 . However, the average NiO crystallite sizes of the fresh sample and oxidised sample after the 20th cycle (calculated via the Scherrer equation) were in the range of 18e20 nm. The influence on NiO crystallite size after experiments was not evident. The Rietveld refinement method indicated carbon was present in the oxidised sample (after the 20th cycle) in addition to NiO, CaO and Al 2 O 3 . A slight negligible increase in the BET surface area of the NiO/CaO/ Al 2 O 3 catalyst/OC was observed after the last (20th) oxidation cycle, but this effect on the catalyst/OC was not evident. Solid carbon deposition on the surface of the Ni on CaO/ Al 2 O 3 support catalyst/OC was found to be of just 0.0205 mol, analyzed thrice with CHNS analyser for precision and credibility. Thus, it can be concluded that, the oxidation reaction process did successfully burn off the solid carbon deposit on the surface of the Ni on CaO/Al 2 O 3 support catalyst/OC at 750 C. The TOC analysis in both processes (C-SR and CL-SR)
showed zero/no significant amount of carbon in the condensate sample (See Table 3 ). Both fresh and used/reacted catalyst (and/or OC in the CL-SR system) were again studied using FESEM. The images of reacted catalyst/OC (Fig. 9 (a and b) (note: figure not shown for C-SR)) were analyse using EDX (mapping method Fig. 9 (c) ) it was found that carbon deposit were not uniformly distributed on the surface of the catalyst/OC in both processes. Some parts of the catalyst surface had zero or were nearly free of carbon deposits.
Conclusion
As expected from the bench scale experiments which indicated non equilibrium fuel and steam conversions, increasing the GHSV decreased the contact time of the reactant in the reactor, thus operating at the lowest possible GHSV was more suitable in a steam reforming experiments to achieve higher fuel conversions. High operating temperatures are in favour of the strong endothermic steam reforming reaction but to the detriment of the water gas shift reaction. The influence of catalyst support and NiO loading was not evident at low/medium operating temperature (600 and 650 C). However, at higher temperature (700 and 750 C), Ni on CaO/Al 2 O 3 support catalyst showed better performance than the Ni on Al 2 O 3 support with regards to fuel conversion and product yield caused by the alkalinity of CaO, intended to suppress irreversible solid carbon formation on the surface of the catalyst. CL-SR of shale gas was conducted at S:C of 3 and GHSV of 0.498. The influence of chemical looping on steam reforming (CL-SR process) was investigated at 750 C using Ni on CaO/ 
